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istillation is the dominant pro-
cess for separating large multi-
component streams into high pu-
rity products. So, the chemical
process industries’ ongoing

quest to improve energy utilization, reduce
capital costs, and boost operating flexibility
is spurring increasing attention to distillation
column optimization during design. Design-
ers often approach column optimization in an
iterative manner, heavily relying on vendor
experience and information. A good under-
standing of mass-transfer and pressure-drop
fundamentals, as they relate to optimization,
will enable the column designer to indepen-
dently judge vendor offerings and effectively
determine the optimal equipment design.

This article will address the following op-
timization goals: (1) maximizing theoretical
stages per height of section or column, (2)
minimizing pressure drop per theoretical
stage, and (3) maximizing the operational
range, turn-down, or turn-up.

A distillation column can use either trays
or packings. Their mechanisms of mass
transfer differ, but the key for both is a good
approach to equilibrium through the genera-
tion of large amounts of interfacial area. This
interfacial area results from the passage of
vapor through the perforations of trays, or
the spreading of liquid on the surface of
packings.

First, we will discuss the underlying phe-
nomena for trayed columns and the design
approaches that can be used to meet the three
optimization goals. Then, we will address the
mechanisms and approaches for packed
columns. Finally, we will consider the selec-
tion of trays vs. packing.

D
Application of mass-transfer
and pressure-drop 
fundamentals can 
lead to improved 
designs for both trayed 
and packed columns.
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n a trayed column, liquid
flows down the column
through downcomers and
then across the tray deck,
while vapor flows upward
through the liquid inventory

on the tray. Tray designs can be di-
vided into cross-flow and parallel-
flow types. Figure 1 illustrates the
conceptual differences. Cross-flow
trays are the most common and least
expensive, but parallel-flow trays, if
properly designed, can provide an ef-
ficiency that is 10% or more higher.
Figure 1 depicts a single-pass cross-
flow tray. By “pass,” we mean the
number of downcomers per tray. As
column diameter increases, the ratio
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■ Figure 1. Types of trays.
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of weir length to throughput decreas-
es; so, for larger dia. columns, multi-
pass trays often are used to increase
weir length and achieve about the
same liquid inventory on the tray.

The performance of a tray also de-
pends upon the type of tray deck. The
simplest is a sieve tray — it has a
perforated tray deck with a uniform
hole diameter of from less than a mil-
limeter to about 25 mm. Trays with
valves, which can be fixed or floating,
also are very common; bubble caps
still are used, but infrequently and
usually only for extreme turndown.
Figure 2 shows representatives of
each family.

Tray efficiency depends upon
column throughput. As seen in Fig-
ure 3, there is a relatively flat, sta-
ble operation region characterized
by a gradual increase in efficiency
as vapor hole velocity and liquid
inventory rise with throughput. On
either side of this stable region,
performance drops off. The drop-
off at low rates results first from
weeping and then more significant-
ly from dumping. At high rates,
heavy entrainment decreases effi-
ciency and then performance dra-
matically drops when flooding oc-
curs. Because our optimization
goals often will require operation
at the extremes of the stable re-
gion, it is helpful to understand the
controlling mechanisms in these
three regions.

Weeping and dumping
Weeping and dumping are related

but different phenomena. During
weeping, a minor fraction of liquid
flows to the tray below through the
tray perforations rather than the
downcomer. This downward-flowing
liquid typically has been exposed to
rising vapor; so, weeping only leads
to a small reduction in overall tray
efficiency, to a level rarely worse
than the tray point efficiency. In con-
trast, during dumping, a substantial
portion of liquid flowing down the
column passes through a region of
the perforated tray deck. Often, most
of this liquid has not been exposed
to the rising vapor; therefore, per-
formance degrades significantly —
frequently resulting in overall tray
efficiency being significantly less
than local point efficiency.

Weeping and dumping differ in
their underlying mechanisms. For
large-perforation sieve trays, vapor
and liquid can flow in an approxi-
mately steady, countercurrent manner
through a perforation. More likely,
however, especially for sieve trays
with smaller perforations, weeping is
transient, resulting in spurts of liquid
leaving a nonbubbling perforation.
The spurting occurs when there is a
local and instantaneous downward
pressure imbalance over the perfora-
tion. The cause of this imbalance can
be associated with the bubbling fre-
quency or, because the flow on a

■ Figure 3. 
Tray performance
vs. throughput.
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Nomenclature
AB = area of perforated portion of tray

deck
AH = total hole area
D = molecular diffusivity
DH = sieve-tray perforation diameter
FrL = liquid Froude number 

= [ρVVH
2/ρL g hL]0.5

E = ratio of liquid entrainment mass
flow to upward column vapor mass
flow

hD = tray pressure-drop component 
associated with vapor flowing
through perforation, expressed in
height of clear liquid

hFe = effective froth height as defined by
Bennett et al. (2)

hL = liquid inventory on tray, expressed
in height of clear liquid

hT = total tray pressure drop expressed
in height of liquid

hσ = tray pressure-drop component 
associated with formation of
bubbles 
expressed in height of liquid

h2φ = height of two-phase region on the
tray, see Figure 4

g = acceleration due to gravity
KS = density-corrected superficial gas 

velocity over bubbling surface =
[ρV/(ρL - ρV)]0.5VS

L = liquid mass-flow rate through 
column

m = slope of equilibrium curve
TS = tray spacing
V = vapor mass-flow rate through 

column
VH = velocity of the vapor through

perforation hole
VS = velocity of vapor over bubbling 

surface of the tray

Greek letters
β = constant defined in Bennett et

al. (1) = 0.5 [1 + tanh (1.3 ln
(hL/DH) - 0.15)]

ρ = density
µ = viscosity
ηPT = point efficiency
ηSECT = tray section efficiency, ratio of

number of theoretical stages to
number of trays in a section

φe = effective froth density, hL/hFe,
as defined in Bennett et al. (2)

φ2φ = hL/h2φ

Subscripts
L = liquid
ML = liquid molar
MV = vapor molar
V = vapor
Opt = optimum



large-scale tray is very complex, the
imbalance can stem from local densi-
ty and height variations of the froth
waves traveling on the tray. The re-
sult is weeping regions that tend to
move around on the tray deck.
Dumping is much more extreme and
occurs because, at the intended tray
throughput, there is insufficient
vapor pressure drop to retain entering
liquid on the tray deck. Thus, signifi-
cant quantities of liquid flow through
a portion of the tray that has little if
any vapor flow. Flow over the outlet
weir can be zero. Normally minor
phenomena, for example, the hy-
draulic gradient or tray-inlet liquid
flow maldistribution, can have a sig-
nificant impact on the minimum tray
pressure drop required to prevent
dumping and where on the tray the
dumping occurs — and, therefore, on
the level of performance degradation.

Stable operation
It is easiest to discuss this region

by considering the simplest tray deck
design, a perforated plate. In this
case, vapor flows upward though the
perforations and enters a two-phase
layer of height h2φ. Vapor momentum
is at its maximum as the vapor accel-
erates through the perforation. The
exchange of this vapor momentum
with the liquid inventory on the tray
deck is critical to the nature of the
two-phase zone. The two-phase layer
can be spray-like or froth-like. Ben-
nett et al. (1) have shown that the
ratio of the liquid inventory, hL, to
the perforation diameter, DH, is key
to this momentum exchange. When
hL/DH exceeds about 2, vapor mo-
mentum is exchanged with signifi-
cant quantities of liquid; the two-
phase mixture is largely liquid-con-
tinuous and behaves as a froth with
reasonable mass transfer. When
hL/DH is under about 1, vapor mo-
mentum is exchanged with little liq-
uid; the two-phase region is largely
vapor-continuous with significant up-
ward liquid and vapor velocity com-
ponents. The resulting flow regime is
spray-like with poor mass transfer.

Spray-like flows should be avoided if
at all possible — if they cannot be
avoided in a tray design, a packed
column often is a better choice.

Because spray-like conditions
should be avoided, we will concen-
trate in this article on froth flow. Fig-
ure 4 illustrates some of the main pa-
rameters of interest. The tray deck is
spaced a distance of Ts from adjacent
trays. The bulk of liquid is contained
within a liquid-continuous region near
the tray deck that has a height about
equal to the effective froth height, hFe,
as defined by Bennett et al. (2). A
smaller portion of liquid inventory is
contained as droplets in the vapor-con-
tinuous region above the liquid-contin-
uous region. The velocity of these liq-
uid droplets is related to the vapor mo-
mentum through the perforation and
the ratio hL/DH; if the vertical compo-
nent of velocity is sufficient, droplets
will be carried to the tray above.

Most of the liquid inventory and
interfacial area occur within the
liquid-continuous region; therefore,
this part of the total two-phase re-
gion is most important for both
pressure drop and mass transfer.
Smaller perforation sizes, by in-
creasing hL/DH, promote the ex-
change of momentum of the vapor
to the liquid and, thus, the deceler-

ation of vapor velocity within the
liquid-continuous layer. The result-
ing lower average vapor velocity
within this layer increases vapor
residence time; lower values of DH
and higher values of hL enhance
mass-transfer efficiency within the
stable operation region.

Heavy entrainment 
and flooding

At high throughputs, correspond-
ing to the top of the stable operation
region, significant quantities of liquid
droplets reach the tray deck above
and pass through to the upper tray.
This recirculation, called entrain-
ment, degrades the composition pro-
file in the column. If the downcomer
can handle this additional liquid traf-
fic, the column can tolerate signifi-
cant entrainment and operate in a sta-
ble manner, but with a lower number
of theoretical stages. At high values
of entrainment, the column control
system may no longer allow stable
operation and the column behavior
can enter a condition that is best
called “operational” flood. (Some
have called this jet flood, but this
term is misleading because jetting
often is used as a synonym for the
spray-like regime and an operational
flood can occur for either spray-like
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■ Figure 4. 
Froth flow structure.
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or froth-like conditions.) The occur-
rence of operational flood depends
upon the control system and the sen-
sitivity of the overall tray efficiency
to entrainment (for example, parame-
ters λ, L/V, and ηPT). Not all columns
and control systems will lead to an
operational flood at high entrainment.

There is a critical distinction be-
tween operational flood and hy-
draulic flood. Hydraulic flood results
when the downcomer, at a given col-
umn throughput, becomes fully load-
ed with liquid and entrained vapor,
and this mixture within the down-
comer begins to impede flow over
the outlet weir. The added resistance
increases tray liquid inventory and
pressure drop. This, in turn, raises
the two-phase mixture height in the
downcomer area, further impeding
flow over the outlet weir, and boost-
ing pressure drop even more. Finally,
at hydraulic flood, all the liquid that
enters the column no longer can
leave the column; liquid is accumu-
lated above the flood point and pres-
sure drop increases rapidly. In con-
trast, in operational flood, all the liq-
uid entering the column section still
leaves the column, even though pres-
sure drop can be very high and effi-
ciency is very poor or unstable.

Some mass-transfer and
pressure-drop fundamentals

We will use the recent correla-
tion for sieve-tray efficiency re-
ported by Bennett et al. (3). They
address point efficiency, entrain-
ment, mixing within the froth,
weeping, and cross-flow and paral-
lel-flow tray types. Their correla-
tion for point efficiency is given in
Eq. 1 above. This equation under-
scores many of the trends that we
will quantify with further analysis. It

uses a Reynolds number, ρVVHhFe/µV,
that other studies have shown to have
an impact on bubble size. Larger val-
ues of the vapor velocity through the
perforation, VH, yield higher interfa-
cial area. As expected, the ratio
hL/DH plays a significant role. The
ratio of hole area to bubbling surface
area, AH/AB, also is important: small-
er values enhance efficiency. The de-
nominator of the first term within the
major brackets is the correction re-
quired when liquid-phase resistance
is important.

When the objective is to mini-
mize the pressure drop per theoreti-
cal stage, pressure drop also must
be calculated; we will use the
method of Bennett et al. (2) for
these calculations:

hT = hL + hD + hσ (2)
where hT is tray pressure drop, hL is
liquid inventory, hD is pressure drop
of the vapor flowing through the
perforation, and hσ is pressure drop
associated with bubble formation.

Bennett et al. (3) report that, for
their composite database for cross-
flow trays, weeping did not appear
to substantially degrade performance
as long as the Froude number:

(3)

At high vapor rates, entrainment
becomes significant and decreases
tray performance. To take this into
account, we will use the correlation
for entrainment given by Bennett et
al. (3):

(4)
where h2φ is given by Eq. 5 below.

We will account for the degrada-
tion in tray efficiency caused by
entrainment, but also will assume
that hydraulic flood or operational
flood will not be encountered.

The approach used
There are no generalized correla-

tions that apply to all types of tray-
deck designs. So, our approach will
be to use the broadly based correla-
tions developed for sieve trays to de-
velop some optimization rules and
then to discuss the implications of
using other types of trays on these
rules. The optimization goals are: (1)
maximizing theoretical stages per
section or column height, (2) mini-
mizing pressure drop per theoretical
stage, and (3) maximizing the opera-
tional range, turn-down, or turn-up.

We chose single-variable pertur-
bations, assuming a constant liquid-
to-vapor mass flow ratio, L/V, for
each example. To test our answers,
we selected properties consistent
with a number of model systems:
methanol and water (170 and 310
kPa), low-pressure C6/C7 (27 and 165
kPa), and high-pressure iso/normal
butane (2,000 and 2,800 kPa). With
these systems, the vapor density, ρV,
varied from 1 to about 100 kg/m3, the
liquid density, ρL, from 370 to 750
kg/m3, and ρV/(ρL - ρV) from 0.015 to
0.36. We also looked at a full range
of typical tray-geometry parameters,

E = 0.00335
TS

h 2φ

– 1.10 ρL
ρV

0.5

φ2φ
β

FrL =
ρV VH

2

ρL g h L

0.5

≥ 0.5
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η PT = 1– exp – 0.0029

1 + m
ρMV
ρML

DV (1 – φe)

DL
AH

AB

ρV VH h Fe
µV

0.4136
h L

DH

0.6074 AH

AB

– 0.3195

(1)

h 2φ = h Fe + 7.79 1 + 6.9
h L

DH

– 1.85 KS
2

φe g
AH

AB

(5)



values of L/V, and vapor throughputs
corresponding to a density-corrected
superficial gas velocity, KS, from
0.025 to 0.06 m/s. In this manner, we
were able to quantify the general im-
pact of changing individual geometry
parameters. More details are con-
tained in Bennett et al. (4).

The optimization results
The ratio of section efficiency to

pressure drop, ηSECT/hT, is the number
of stages per unit liquid height of
pressure drop, higher values being
more energy efficient. In Figure 5a,
typical values of this ratio are plotted
vs. the perforation diameter. Smaller
values of DH enhance efficiency
through promotion of froth over
spray, and through better mass trans-
fer resulting from smaller bubbles. At
very small values of DH, tray pressure
drop rises substantially due to bub-
ble-formation pressure drop. In Fig-
ure 5b, we see a similar plot indicat-
ing that a relatively gentle optimum
occurs at large values of open area.
As the percent open area goes up,
pressure drop declines at a faster rate
than efficiency, thereby giving an in-
crease in ηSECT/hT. As the fraction
open area continues to rise past this
point, mass transfer drops as the
Reynolds number decreases. This plot
ignores weeping. Further analysis
shows, however, that this optimum
generally occurs when weeping is ex-
pected to begin, which for cross-flow
trays is at approximately FrL = 0.5.
This gives:

(6)
When maximizing ηSECT/hT,

there also is an optimal weir height.
This optimum can exist because, at
larger values of outlet weir, pres-
sure drop increases at a higher rate
than efficiency. At very low values
of outlet weir height, liquid inven-
tory is less, which cuts tray effi-
ciency, but tray pressure drop de-
creases less rapidly, because hD be-

gins to dominate. Figure 5c gives a
plot of calculated optimum weir
height vs. effective froth density,
where effective froth height is
given by:

(7)
The parameter ηSECT/TS is the

number of theoretical stages per
height of column. Higher values

mean that more stages can be
achieved within a given column
height. In Figure 6a, typical values
for this parameter are plotted vs.
fraction open area. As fraction open
area decreases, vapor velocity
through the perforation increases,
giving more interfacial area. At ex-
tremely small values of open area,
vapor velocity through the perfora-
tions is very large — this promotes
entrainment and thus degrades
overall tray efficiency. In Figure

h Fe =
h L

e– 12.55 K s
0.91 with KS in m/s

AH

AB Opt

=
AH

AB FrL = 0.5

= 2 KS
1

g h L
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■ Figure 5. 
Distillation energy
efficiency.
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6b, ηSECT/TS is plotted vs. perfora-
tion hole diameter. Small perfora-
tions give better mass-transfer effi-
ciency. The minimum hole size for
a tray, however, depends upon
structural considerations and the
fouling characteristics of the distil-
lation system.

It is intuitively obvious that, if the
rise in liquid entrainment is reason-
able, installing more trays will in-
crease the theoretical stages per col-
umn height. Figure 6c illustrates cal-
culated values for ηSECT/TS vs. calcu-
lated entrainment rate. These calcula-

tions assume that effective froth
heights are less than tray spacing
(and ignore questions about the im-
pact of entrained liquid on tray hy-
draulics). This assumption is not
valid at the very small tray spacing
implied by the high entrainment val-
ues given in Figure 6c, but these re-
sults do show that significant
amounts of liquid entrainment can
occur prior to reaching a maximum
value of ηSECT/TS. If tray efficiency
per column height is important, oper-
ating trays with a significant amount
of entrainment, for example, at a

mass-of-entrained-liquid-to-mass-of-
vapor-throughput ratio of 0.1 to 0.2,
is advantageous. Of course, the
downcomer must be appropriately
designed to accommodate this.

Summary of rules
To maximize the number of theo-

retical stages for a given section
height:

For sieve trays:
1. Keep the fraction open area

low, for example, in the range of 5%.
2. Use the smallest practical per-

foration diameter. This value will
depend upon the degree of system
fouling, the ability to clean fouled
trays, and the tray deck material
and thickness.

3. If practical, select a tray spac-
ing that yields high entrainment — a
tray spacing corresponding to an en-
trained-liquid-to-vapor-flow ratio of
about 0.2 is reasonable, if confidence
in the entrainment rate exists and
downcomer capacity is adequate.

4. Consider parallel flow trays,
if the cost increase is justified.
Bennett et al. (3) show that opting
for such trays generally leads to an
enhancement of 10% or more in the
number of theoretical stages.

For other types of trays:
Trays with small fixed valves

can be used with success. Such de-
signs have a relatively large open
area, but a smaller perforation size
compared to larger fixed or float-
ing valves. In addition, the vapor
must flow around the impact re-
gion of the valve and this decreas-
es upward momentum and entrain-
ment. Selecting a tray spacing that
results in a reasonable level of en-
trainment also is effective. Paral-
lel-flow valve trays would lead to
more theoretical trays within a
given column height, but valve de-
signs that do not disturb the liquid
flow pattern on the tray should be
selected. Trays using very small
bubble caps also could be advanta-
geous, because the vapor is forced to
initially flow downwards to the tray
floor and this can enhance efficiency.
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■ Figure 6. 
Maximizing the
number of stages
per column height.
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Sieve trays normally have a better ef-
ficiency than cap trays; so, unless ex-
treme turndown is particularly impor-
tant, the added cost of small bubble-
cap trays is not justified.

To minimize the pressure drop per
theoretical stage:

For sieve trays:
1. Use the largest fraction open

area that will not result in weeping.
Based on the literature for cross-flow
trays, this maximum occurs around:

(8)
(8)

The open literature does not address
this for parallel-flow trays.

2. Use the smallest practical perfo-
ration diameter.

3. Specify a low outlet weir, gen-
erally less than 50 mm.

4. Consider parallel-flow trays, if
the cost increase is justified.

For other types of trays:
The pressure drops of trays with

fixed valves and bubble caps often
can be larger than those for sieve
trays, if the sieve trays are designed
at maximum values of the fraction of
open area. The increase in hydraulic
resistance for valve and bubble-cap
trays also boosts tray pressure drop
and can lead to dumping of liquid
through the valves or caps, frequently
at the tray entrance. Techniques have
been developed to mitigate this ef-
fect, but more pressure drop usually
results. Tray deck features with
smaller openings will promote small-
er bubbles and better efficiency.
Lower outlet weirs and parallel-flow
trays can offer efficiency advantages.

To maximize the operating range:
For sieve trays:
1. Reducing the fraction open area

decreases the onset of weeping and
increases entrainment. In general,
however, our study has shown that
lower open areas will maximize the
operating range.

2. Decreasing the tray perforation
diameter to the minimum practical
size will decrease entrainment and
will not adversely impact weeping.

3. Maximizing the tray spacing
will raise maximum throughput and
not adversely impact weeping, but
also will lower the number of stages
within a given column height.

4. Decreasing the liquid inventory
by increasing the number of tray
passes or lowering the weir height
will enhance turn-down and generally
will cut entrainment for a given col-
umn throughput. Reducing the outlet
weir height below 25 mm, however,
offers little advantage. The lower liq-
uid inventory also will decrease tray
efficiency. The spray-like regime
must be avoided.

5. Some high-capacity tray designs
with downcomers that allow liquid to
drop onto the tray deck below can re-
sult in weeping through the tray
openings under the downcomer. For
such designs, the turn-down capabili-
ty of the tray can be reduced by an
unacceptable amount of bypass to the
tray below.

For other types of trays:
Sieve trays, when properly de-

signed to maximize operating range,
can have an operating range of good
and stable performance of about a
factor of two or more, if larger tray
spacing and higher pressure drop at
peak rates are acceptable. Floating

valves, because their minimum flow
area varies with vapor throughput,
can have a wider operating range —
about a factor of three — with a
lower maximum pressure drop than
sieve trays, but often with a lower ef-
ficiency and a higher cost. Small-size
fixed-valves generally will have a
greater maximum range than large-
size fixed or floating valves when tray
count per section height is also im-
portant and a larger pressure drop at
maximum rates is acceptable. Their
ability to turn down, however, is not
as great as floating valves. Small-size
bubble caps, although expensive, can
have substantial turn-down capability
and, with special design considera-
tions to prevent liquid/vapor bypass
at extreme turn-down, can give an
operating range greater than a factor
of five.                    CEP

AH

AB FrL = 0.5

= 2 KS
1

g h L
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he wide range of com-
mercial packings and
their variations in ge-
ometry introduce sig-
nificant empiricism into
the design of packed

columns. Application of fundamental
mass-transfer and pressure-drop prin-
ciples, however, still can lead to the
identification of general optimization
rules. As we did for trayed columns,
here we will develop rules for the fol-
lowing optimization goals: (1) maxi-
mizing theoretical stages per height

of section or column, (2) minimizing
pressure drop per theoretical stage of
separation, and (3) maximizing the
operating range of the column that re-
sults in reasonable performance.

Columns can be divided into two
major groups based on the type of
packing used — either random (or
dumped) packing, or structured (or
ordered) packing. Random packings
often are either cylindrical (ring)
shaped, or half cylinder (saddle)
shaped. We will call a single ring or
saddle a packing element. Figure 1 il-

lustrates some of the common types
of random packing. Both rings and
saddles typically have features that
are formed into the packing element.
These features and other details can
provide surface area within the struc-
ture, increase resistance to deforma-
tion, and also prevent elements from
nesting.

Within a packing type, elements
are available in a variety of sizes and
materials of construction; elements
fabricated from a given material look
essentially alike except in their size.
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This means that they are geometrical-
ly similar and differ only by a charac-
teristic dimension, δP. We will find
this very useful as we develop our
theoretical understanding. For ran-
dom packings, we will define δP as
the nominal packing size or diameter.
As an example, a 25-mm Pall Ring
has a nominal diameter and value for
δP of 25 mm.

Mass transfer occurs at the inter-
face between vapor and the liquid film
on the packing surface. The mass
transfer is significantly impacted by
the specific area of the packing, aS,
and this is controlled by the packing’s
nominal size. As long as the diameter
of the column is very large compared
to δP, aS is inversely proportional to
δP. The constant relating the two de-
pends upon the packing type and how
the elements are arranged. For exam-
ple, if we assume that the packed col-
umn is filled with thin-walled cylin-
drical elements stacked in an ordered
fashion with 60° pitch and the ele-
ments are just touching, the value for

aS can be calculated to be about
7.25/δP. Packing elements installed in
a random or dumped fashion orient
themselves in an irregular manner,
and this impacts the constant relating
aS and δP. The constant also can de-
pend upon the ratio of δP to the verti-
cal height of the element. In general,
for both random rings and saddles, aS
= 5.7/δP within a band of about ±10%.

The second general category of
packing commonly is referred to now
as structured packing. It can be made
of woven or solid material, usually
metal, which typically is corrugated
and bundled into segments that are
placed layer by layer into the column
shell. Most commercially available
structured packings have perforations
or texturing through stamping to help
promote mixing and liquid spreading,
as well as to modestly increase sur-
face area. Figure 2 illustrates the gen-
eral geometry characteristics of the
type of structured packing often used
today.

Pressure-drop and mass-transfer

characteristics can be controlled by
changing the corrugation angle, γ,
the fold angle, α, and the height of
the corrugation. We will define the
characteristic dimension of struc-
tured packing, δP, to be the height
of the corrugation. Most such pack-
ings have a corrugation angle of
45° and a fold angle of 90°; the
height of the corrugation, therefore,
is the primary geometry parameter
used by the column designer for
optimization.

The constant relating aS to δP de-
pends upon α. If we neglect the sheet
thickness and any change in surface
area resulting from surface texture or
perforations, aS = (2/sin (α/2))/δP.
Thus, for the typical fold angle of
90°, aS = 2.8/δP. This shows that the
specific area for structured packing is
less than that for random packings for
a given value of δP. Keep in mind,
however, that we define δP as the cor-
rugation height for structured packing
and the nominal packing-element di-
ameter for random packing.
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Some mass-transfer 
fundamentals

Mass transfer within a packed col-
umn typically is described in terms of
HETP, the height equivalent of a the-
oretical plate — that is, the height of
packing required for a theoretical
stage of separation. Figure 3 shows
the general relationship between
HETP and column throughput. Per-
formance remains relatively constant
and stable except at both low and
high rates. At low liquid rates, sheets
of liquid are not stable and rivulets do
not spread sufficiently to wet the en-
tire packing surface; so, mass transfer
is poor. As column throughput in-
creases, there is a large stable region
where packing is well wetted and
HETP is relatively constant. At the
higher-rate portion of the stable re-
gion, mass transfer improves (HETP
gets lower). This improvement is
caused by an increase in interfacial
area due to liquid waves and entrain-
ment. At higher rates, performance
decreases rapidly due to substantial
liquid entrainment in the vapor being
carried up the column. This entrain-
ment degrades the composition pro-
file and can result in liquid flow and
vapor flow redistribution.

Optimization of the packing for
(1) maximizing theoretical stages per
height of section or column, (2) mini-
mizing pressure drop per theoretical
stage of separation, and (3) maximiz-
ing the operating range of the column
that results in reasonable performance
often requires the column to operate
at the extremes of the stable operating
range. We need, therefore, an under-
standing of the phenomena that con-
trol each of the three regions: poor
wetting, stable operation, and heavy
entrainment.

Poor wetting
Liquid flows from the distributor

onto the packed section as a series of
streams. Good wetting, resulting in a
substantial fraction of the packing
surface area being wet, requires that
packing elements or layers of struc-
tured packing distribute these

streams into a combination of
rivulets and films that fully migrate
throughout the packed column cross-
section. The liquid flow rate per wet-
ted perimeter controls liquid-film hy-
drodynamics. We will designate Γ as
the average value for liquid flow rate
per wetted perimeter, assuming all of
the liquid is uniformly distributed.
By mass balance, Γ = L/aS, where L
is the liquid mass flux flowing down
the column. For a given packing type
and distillation system, a minimum
value for Γ is required for the pack-
ing to be substantially wet. We will
designate this minimum value as ΓC;
if Γ is below this value, wetting will
be poor, resulting in poor mass trans-
fer and a large HETP. ΓC would be
expected to be a function of contact
angle and physical properties, and
may depend upon packing surface-
texture details. It should be a con-
stant, however, for a given distilla-
tion system (composition and pres-
sure) and packing type.

Stable operation
Most basic mass-transfer text-

books (for example, Ref. 1) develop
equations for continuous distillation
assuming a downward flowing liq-
uid phase in contact with an upward
flowing vapor phase. A rearrange-
ment of these equations leads to Eq.
1 for the HETP vs. the appropriate
mass-transfer coefficients (see box
below), which can be rearranged to
Eq. 2 (see box) where VS is the su-
perficial velocity of vapor up the
column. The term in the bracket is
the increase in HETP resulting from
liquid-phase resistance. Frequently,
however, vapor-phase resistance
dominates. In such cases, this
bracketed term is approximately
unity and assuming that kV can be
correlated using the format of Eq. 3
we get: Eq. 4 (see box on next page).
Packed column data can be used to
arrive at values for p and n, but, by
analogy to heat transfer and wetted-
wall-column mass transfer, p is ex-
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pected to be about 0.8 and n about
0.3. For the stable region, where
packing is assumed to be well wetted,
ai should be inversely proportional to
the characteristic dimension of the
packing, δP. We find, then, that for a
given distillation system, HETP only
weakly depends upon vapor flow
(about VS

0.2), but strongly depends
upon the characteristic dimension of
the packing (about δP

0.8). This weak
dependency of HETP on VS is why
the concept of HETP is so useful.

We also will need a correlation for
pressure drop. One based on a signifi-
cant amount of experimental data is
the Eckert Generalized Pressure Drop
Correlation for structured packing,
this approach defines two axis:

(5)
and

(6)

This correlation is graphically repre-
sented by a plot of Y vs. X along with
lines of constant pressure gradient. A
key test of the validity of this ap-
proach is whether a single value of
the packing factor, FP, adequately
agrees with all of the constant-pres-
sure gradient lines. Kister and Gill (2)
evaluated structured-packing pres-
sure-drop data and found that a con-
stant value of FP for structured pack-
ing could not be found; they, there-
fore, redrew the constant-pressure
gradient lines for structured packing.
The difference in the random-packing
and structured-packing constant-pres-
sure gradient lines becomes signifi-

cant for values of X exceeding 0.20,
and for values of pressure gradient
more than 0.5 in. of water pressure
drop/ft of packing height. FP is purely
an experimental constant determined
by minimizing the error between the
data and the correlation, and is a
function of packing type and charac-
teristic dimension.

In Figure 4, we have plotted FP
values from Kister (3) vs. δP for sev-
eral commercial packings. We find
that, for a given value of δP, FP for
Pall Rings is less than half that of
Raschig Rings. This is attributable to
the openness of the Pall Rings com-
pared to Raschig Rings. The other
random packings show an additional
one-third to one-half reduction in FP,
resulting from further increases in
perforations of the element and, for
some elements, a reduction in ele-
ment height that allows elements to

stack in a more open manner. For
structured packing, for equal values
of δP, FP is about one-fourth of the
minimum value for random packing.
But, because the definition of δP for
random and structured packing differ,
a comparison of values of FP at
equivalent specific area is more ap-
propriate. We find that structured
packing values for FP are about one-
half the lowest value for random
packings at equal specific area.

For low and moderate loading,
pressure drop is directly proportional
to the value for FP; therefore, the
pressure drop for structured packing
is about one-half that of the lowest-
pressure-drop random packings at
equivalent values of specific area and
equal column throughput.

With reasonable accuracy, a curve-
fit of published values for FP is:

FP = C3 (δP)-1.1 with δP in inches
(7)

Alternatively, because aS is inversely
proportional to δP,

FP = C4 (aS)1.1 with aS in ft2/ft3

(8)
The values of C3 and C4 are given in
Table 1 and are important when we
look at optimization for different
types of packings.

The Eckert-type correlation does
not allow easy identification of the

X = L
V

ρV
ρL

0.5

Y = VS
ρV

ρL – ρV

0.5

FP
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ρL

0.05
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functionality that relates pressure
drop to flow and geometry parame-
ters. An explicit correlation would be
helpful for our optimization effort.
Liquid, as it flows down the packed
column, raises pressure drop by: (1)
increasing the roughness, (2) taking
up space, which, in turn, boosts
vapor velocity at a given mass
throughput, and (3) providing liquid
droplets that become entrained in the
vapor core. Because the first mecha-
nism dominates except near flood,
we will use a correlation format sim-
ilar to that used to calculate pressure
drop for fully turbulent vapor flow in
rough tubes:

(9)

The pressure gradient ∆P/∆Z is ex-
pressed in units of height of liquid
per height of packing, εP is the height
of liquid-flow-induced roughness,
and g is acceleration due to gravity,
which is required as we are express-
ing pressure drop in terms of liquid
height. A and B are constants that we
will borrow from rough tube data. We
will assume that εP can be approxi-
mated from the average height of the
liquid film; this can be calculated
from a simple force balance, yielding:

(10)

where Γ is the average mass-flow rate
of liquid per wetted surface. From be-
fore, we know that Γ = L/aS, and, be-
cause aS and δP are inversely propor-
tional, Γ ∝ L δP. Substitution gives:
Eq. 11 (see box below). Based on
rough-tube pressure-drop data, B is
about 0.25. The constant A1 is ex-
pected to vary for different types of

packing elements but, for geometri-
cally similar packings, should be
constant for elements fabricated
from the same type of material. The
variation in A1 values for different
types of packing is identical to the
variation in the constants C3 and C4
that relate the packing factor to δP
and aS. Manufacturing techniques
for metal, plastic, and ceramic mate-
rials differ, however, resulting in
some differences in element geome-
try even if elements are part of the
same packing type. Thus, A1 will
vary depending upon material of
fabrication. This expression for the
pressure gradient is not a complete
representation of pressure drop, but
still has significant similarities with
the Eckert-type pressure-drop corre-
lation, especially in the nonloaded
region (specifically at values of X
less than 0.5, where pressure drop is
largely a function of Y2). We expect
that, for this non-heavily-loaded re-
gion, there is a weak dependency on
liquid mass flux (about L0.08). Also,
for geometrically similar packings,
FP is approximately inversely pro-
portional to the characteristic dimen-
sion (about δP

-1.15). These trends will
be useful as we draw conclusions
about the optimization of packed
columns.

Heavy entrainment
We also will need an understand-

ing of packed column flooding. As
column throughput increases beyond
the stable operating region, pressure
drop begins to rise much more quick-
ly, due to more liquid entrainment in
vapor and a greater vapor velocity re-
sulting from higher liquid holdup. In
addition, mass transfer begins to drop
as increased liquid entrainment flows
up the column. At very high through-
put rates, substantial quantities of liq-
uid flow up portions of the column.
Because packing is relativity open to
cross-flow, liquid and vapor tend to
redistribute themselves; so, local val-
ues of L/V vary substantially, result-
ing in a sharp dropoff in column mass
transfer. In packed columns, there is
no discrete flood point, but operation
of a column anywhere within this
very heavily loaded region is undesir-
able. A force balance between the up-
ward pressure drop force on a liquid
film and the downward gravity force
gives at flood:

(12)

If we define fLFlood to be the liquid
void fraction at flood, then fLFlood = aS
δF. Because aS is inversely propor-
tional to δP, we have the interesting
relationship:

(13)

for any particular packing type.
This force balance, coupled with

the equation for δF, and our under-
standing that Γ is proportional to L

∆P
∆Z Flood

∝ fLFlood

δP
∆P
∆Z Flood

= A2 δF

δF =
3 µL Γ

ρL ρL – ρV g

0.33

∆P
∆Z = A

εP

δP

B ρV
ρL

VS
2

g δP
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Table 1. Constants for Eqs. 15 and 16.

Type of packing C3 C4

Raschig Rings 140 1.35*
Metal Pall Rings 62 0.66
Intalox Metal Tower Packing 39 0.37*
Cascade MiniRings 42 0.34
Nutter Rings 35 0.34*
Hiflow Rings 34 0.33
Structured Packing (α =90°, γ =45°) 8 0.137

Note: published values used for aS when available; when unavailable (indicated by an asterisk), the 
approximate relationship, aS = 5.7/δP was used.



δP, predicts that the pressure drop re-
sulting in flooding is proportional to
δP

-0.8. It also indicates that film thick-
ness plays some role. In support of
this force-balance approach, we can
use the empirical Kister and Gill cor-
relation for packing flooding (4), Eq.
14 in box below. This correlation
does not agree with the dependency
on liquid rate (the dependency on
δF) predicted by the force balance,
but, because we have shown that FP
is proportional to δP

-1.1, the Kister
and Gill correlation for flooding
does indicate that the pressure-drop
gradient at flood is proportional to
δP

-0.77, which is identical to our
force-balance-approach prediction.

The approach used
We now can combine these equa-

tions derived from mass-transfer and
pressure-drop fundamentals and look
at their implication on column opti-
mization. Due to decreasing cost and
several performance advantages,
structured packing is becoming more
popular. We, therefore, will address
column optimization for structured
packings and then discuss, for each
optimization goal, the approach for
random packings.

To minimize HETP:
We will assume that gas-phase re-

sistance dominates and packing is
fully wet such that ai is proportional

to δP
-1.0. We also will assume that the

values for p and n are 0.8 and 0.3, re-
spectively. Therefore, we get Eq. 15
(see box below).

Most vendors of structured pack-
ing have standardized on corrugation
angle and fold angle, namely, γ = 45°
and α = 90°; therefore, in general,
metal structured packings from dif-
ferent vendors are very similar with
the possible exception of surface de-
tails. These surface differences can
have some impact on the liquid resis-
tance, but we are assuming for this
analysis that vapor-phase resistance
dominates. For structured packing
when α = 90° and γ = 45°, this equa-
tion for HETP shows that, for a given
separation system and column
throughput, the only geometry vari-
able that significantly impacts HETP
is δP. Smaller values of δP give
greater values of specific area, aS, and
lower section heights or more mass
transfer within a given section height.
This equation predicts that HETP de-
pends upon δP

1.2 (or aS
-1.2), which is

very close to the results from pub-
lished data.

To minimize pressure drop per
theoretical stage of separation:

We observe the relationship given
in Eq. 16 (see box below) from the
equations for pressure drop and
HETP.

As discussed before, within a

packing family, for example, Pall
Rings or structured packing with uni-
form corrugation and fold angles, A1
and C5 are constant. Therefore, within
a packing family and for a given dis-
tillation system:

(17)

Reducing the vapor throughput will
decrease pressure drop, but will sub-
stantially increase capital investment
and is rarely justifiable. Selecting a
lower value of aS to give sufficient
HETP, but at an acceptable pressure
drop, is the typical optimization.

To maximize the stable operating
range:

For packed columns, the range of
stable HETP performance is bounded
at high throughputs by high pressure
drop and poor mass-transfer perfor-
mance as flooding is approached, and at
low throughputs by poor performance
resulting from inadequate wetting. The
characteristic dimension impacts
packed column flooding in two ways.
First, pressure drop for a given vapor
throughput is approximately inversely
proportional to δP. Second, as δP gets
smaller, the pressure drop that will re-
sult in flood is approximately inversely
proportional to δP. The net result is that
for geometrically similar packing:

KVFlood ∝ δP (18)
For a given distillation system and

design L/V, there is a minimum ΓC.
We can show that:

(19)

Maximizing the range for stable
operation is equal to maximizing
KVFlood/KVMin, which depends upon
δP

2. Larger values of δP will result in
a significantly larger operating range
at the expense of reduced mass-trans-
fer performance.

For high turn-down service, dis-
tributor design poses a further com-
plication. Close work with the ven-
dor, along with thorough full-scale
testing, at least with water, often is
important (5,6).

KVMin
∝ δ P

– 1.0

∆P
∆Z

HETP ∝ aS
2.35 VS

1.8 L0.08
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Summary of 
optimization rules

To maximize the number of theoret-
ical stages for a given section height:

For structured packing:
1. Use packing with a high specific

area, and run the column near the
upper range of stable operation. Be
careful of packings with very high
specific areas, especially for low-pres-
sure distillation when low liquid
throughputs are common and partial
wetting may occur — this reduces the
advantage of using a higher specific
area to decrease HETP. Recognize
that operating range will be decreased
significantly as specific area increases.

2. Use packings with a corrugation
angle of 45°.

3. Be concerned about the need for
redistribution, which is related more
to theoretical tray count in a section
than section height.

For other types of packing:
Use random packing elements

with small values of δP, and run the
column near the upper range of stable
operation. When looking at different
types of random packing, those that
have larger specific areas for a given
characteristic dimension will tend to
have better values of HETP. In addi-
tion, because pressure drop generally
enhances mass transfer, consider
packing types with somewhat higher
pressure drop (for example, higher
values of C3 and C4) — but this can
decrease capacity and require a larger
diameter column. The cost of high-
specific-area random packings often
is much higher than that of structured
packing — therefore, when maximiz-
ing the number of theoretical stages
within a given section height, it is
hard to beat structured packing.

To minimize the pressure drop per
theoretical stage:

For structured packing:
We wish to minimize aS

2.35 VS
1.8

L0.08.
1. Reducing the vapor velocity

will decrease pressure drop per theo-
retical stage, but will increase column
diameter — the additional capital in-
vestment rarely is justified.

2. Decreasing the specific area aS
will reduce pressure drop per theoret-
ical stage. If an equal number of
stages are required, column height
will increase.

3. Using structured packing with a
30° corrugation angle can give a
modest improvement in pressure drop
per theoretical stage, but also will re-
sult in a higher HETP. This usually is
not cost-justified; increasing the char-
acteristic dimension while keeping a
45° corrugation angle often is a better
solution.

For other types of packing:
Rules 1 and 2 also apply to ran-

dom packings. There are many types
of random packing, and this results
in a relatively wide range of pressure
drop for a given characteristic di-
mension. This is shown by the range
in values for constants C3 and C4.
The total pressure drop stems from
bluff-body losses and shear-stress
losses at the surface. Bluff-body loss-
es generate turbulence in the main
vapor core, while sheer-stress losses
result in turbulence at the packing
surface. Because most of the mass
transfer in a packed column occurs
near the packing surface, packings
with lower bluff-body losses usually
give better mass-transfer perfor-
mance for a given pressure drop.
Such packings result in significant
contact area, but generally are more
open or preferentially lie in a manner
that results in a more open pattern.
These packings have lower pressure
drop for a given specific area or char-
acteristic dimension. This means that
packings with lower values of con-
stants C3 and C4 are preferred. Struc-
tured packing, however, has a signifi-
cantly lower pressure drop for a
given specific area than random
packings — therefore, structured
packing usually is preferred when
minimizing pressure drop per theo-
retical stage.

To maximize the operating range:
For structured packing:
1. The primary variable that im-

pacts operating range is the character-
istic dimension or the packing specific

area. Larger values of δP will increase
operating range, but will result in a
higher HETP and a taller column for a
given number of theoretical stages.

2. Some increase in range is possi-
ble by changing the corrugation
angle to yield less pressure drop for a
given vapor throughput — for exam-
ple, using a 30° corrugation angle in-
stead of the more typical 45°. This
change, because it reduces pressure
drop, will increase capacity without
significantly changing ΓC. Because
ΓC has not changed, the drop-off in
performance at low rates due to poor
wetting still will be the same and op-
erating range is enhanced. Structured
packing with a 30° corrugation
angle, however, will have a higher
HETP and less vapor mixing — that
may be a concern for column sec-
tions requiring a large number of the-
oretical stages.

3. Full wetting is promoted by cap-
illary forces; so, packings made of
woven materials are particularly at-
tractive when the column is operating
with very low liquid rates. This is par-
ticularly true for high-vacuum distilla-
tions or when poor wetting fluids such
as water are distilled or when a very
large operating range is required.

4. The operating range of inter-
nals, especially liquid distributors and
redistributors, often can be the con-
trolling factor. The requirement for
uniformity of the local L/V is particu-
larly important for column sections
with significant theoretical-stage
count.

For other types of packing:
As with structured packings, in-

creasing δP increases the maximum
operating range for random packings,
but at the expense of intrinsically
poorer HETP. Packings that have
lower pressure drop for a given value
of δP also will have inherently higher
operating range — such packings are
those with lower values for constants
C3 and C4. Finally, packing elements
with surface texturing or materials
that tend to better wet with the sys-
tem will enhance the maximum al-
lowable operating range.
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Trays vs. packing 
Clearly, both trayed and packed

columns will continue to have signifi-
cant roles to play in distillation. Un-
derstanding the factors involved in
optimizing each provides a basis for
choosing between trays and packing.
Here are some general guidelines:

1. When the service is nonfouling,
either type of column can be designed
to yield comparable theoretical stage
counts per section height. Packing
has the disadvantage of requiring re-
distributors if large stage counts with-
in a column section are required.

2. Fouling can pose problems for
both trays and packing.

3. Packed columns often can be
designed with greater stable operating
range than sieve trays. Valve and bub-
ble-cap trays can have a stable oper-
ating range equal to or even greater
than that of columns with random or
normal corrugated structured pack-
ing. Structured packing made of ex-
pensive woven materials can have a
very broad operating range. The de-
sign of internals for a stable operating
range of more than two or three is
much more difficult for packings than
for trays.

4. For applications requiring low
pressure drop per theoretical stage,
packing has a significant inherent ad-
vantage, because the interfacial area
for packed columns is generated
through liquid spreading on the pack-
ing surface — this is a low-pressure-
drop phenomenon compared to the
mechanism required to generate high
mass-transfer efficiency within a
trayed column.

5. For low-pressure distillation
applications, liquid flow rates tend
to be very low. The resulting modest
liquid inventory fosters spray-like
conditions with trays that, in turn,

promote high entrainment and low
tray efficiency. This can be mitigat-
ed with small perforations, but an
alternative is to opt for packed
columns if liquid rates are sufficient
to obtain good wetting. An added
advantage for packing is its inher-
ently lower pressure drop, which is
particularly important for low-pres-
sure applications.

6. Trayed columns are intrinsically
lower cost than packed columns, be-
cause far less surface is needed for
trays than for packings, and trays re-
quire far-lower-cost internals than
packings.  CEP
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Nomenclature
ai = interfacial area per packing volume
aS = surface area of packing/volume of

packing
A = unspecified constant
A1 = unspecified constant
A2 = unspecified constant
B = constant estimated at 0.25
C1 = unspecified constant
C2 = unspecified constant
C3 = constant relating FP to δP, expressed

in inches
C4 = constant relating FP to aS, expressed

in ft2/ft3

C5 = unspecified constant
D = molecular diffusivity
fLFlood = liquid void fraction at flood
FP = packing factor
g = acceleration due to gravity
G = vapor molar flux
HETP = height equivalent to a theoretical

plate
kL = liquid-phase mass-transfer coefficient
kV = vapor-phase mass-transfer coefficient
KV = density-corrected superficial velocity

within column, [ρV/(ρL - ρV)]0.5VS

L = liquid mass-flow rate through column
m = slope of equilibrium curve
∆P/∆Z= packed-column pressure-drop

gradient, expressed in height of
liquid/height of packing

p = constant estimated at 0.8
n = constant estimated at 0.3
V = vapor mass-flow rate through column
VS = superficial velocity of vapor
X = x-axis on Eckert Generalized

Pressure Drop Correlation
Y = y-axis on Eckert Generalized

Pressure Drop Correlation

Greek letters
α = structured-packing fold angle, see

Figure 2
γ = structured-packing corrugation angle,

see Figure 2
δF = liquid film thickness
δP = characteristic dimension: for random

packing, nominal packing size; for
structured packing, corrugation
height

εP = roughness attributable to liquid
waves

Γ = average mass-flow rate of liquid per
wetted surface

ΓC = minimum mass-flow rate per wetted
surface

λ = ratio of slope of equilibrium line, m,
to operating line, L/V

µ = molecular viscosity
ρ = density

Subscripts
L = liquid
V = vapor
ML = liquid molar
MV = vapor molar
Flood= at flood
Min = minimum column throughput for

region of stable operation
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